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Abstract

An analysis of turbulent reactive flows in tubular non-catalytic reactors is presented for various reaction orders and rate constants. A CFD mc
has been developed to predict the flow pattern in pipe flow using low Reynolds nérstraodel. Particular emphasis is placed upon analyzing
the phenomena near the wall region. The CFD model has been extended to simulate the axial dispersion phenomena in turbulent regions. Fu
the CFD model has been extended to obtain changes in the radial and axial concentration distributions. For the case of thermally neutral reac
and the isothermal conditions, it was observed that the lower order reactions cause a more rapid decrease in the axial concentrations. The eff
Reynolds and Schmidt numbers on the conversion levels is also discussed.
© 2006 Elsevier B.V. All rights reserved.
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1. Introduction of reactions with phase transitions. Rates of chemical reactions
are best determined in these tubular reactors operated in turbu-
Profitable chemical reactions often require critical reactiorlent regimes to avoid falsification of the true kinetics by diffusion
conditions. In case of fast exothermic or endothermic reactiongffects. Predictions of concentration profiles in turbulent reac-
large reaction volumes lead to difficulties in controlling the pro-tors, where chemical reactions and diffusional effects occur in
cessvariables pressure and temperature. Conducting the reactmonjunction, constitute a basic problem of reactor design. Under
in small volumes enables not only a proper control, but preventsuch flow conditions the general concept of residence time loses
also severe damages in case of inhomogeneities or instabilitiesieaning because of its non-uniform distribution brought about
Thus, it is often advisable to prefer continuous processing tdy the turbulent velocity profiles. In turbulent flows, because of
batch processing. The two basic continuous reactor types atke nature of the momentum profiles, most of the changes occur
the continuous stirred-tank reactor and the tubular plug-flown a layer in the immediate vicinity of the wall.
reactor. Tubular reactors are simple and easy to construct. Fur- The real success of any such analysis depends to a consid-
thermore, a narrow residence time distribution can be achieveerable extent on how carefully the eddy diffusivity variation is
by turbulent flow conditions. In case of small tube diameters, thehosen near the wall. In view of the importance of the accurate
geometry allows operation at high pressures. The favorable ratidescription of the velocity profile and eddy viscosity near the
of surface to volume enhances heat transfer and thus simplifiegall, an attempt has been made in the present work to employ
the adjustment of a desired axial temperature profile. The desigromputational fluid dynamics (CFD). In the recent years, the
and calculation of tubular reactors can cause problems, becauksv Reynolds numbet—s model of turbulence have been widely
fluid mechanics, reaction kinetics and thermodynamics are coutsed in numerical simulations due to their ability of resolving
pled and difficult to describe mathematically especially in casehe near wall region. The low Reynolds numiagee modeling
approach incorporates either a wall-damping effect or a direct
effect of molecular viscosity, or both, on the empirical constants
* Corresponding author. Tel.: +91 22 414 5616; fax: +91 22 414 5614. and functions in the turbulence transport equations. A fairly
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Nomenclature

a radius of the pipe (m)

c instantaneous concentration of the tracer

c time-averaged concentration of the tracer

C mean concentration of the tracer, defined in EQ.
(19)

Co initial concentration of the tracer

Ce1, Ce2, €y, constants in turbulence models

d diameter of the pipe (m)

Degt effective diffusion coefficient, defined in E€L5)
(mP/s)

D molecular diffusivity, defined in Eq16) (m?/s)

Dy eddy diffusivity, defined in Eq(17) (m?/s)

Dy radial component of turbulent dispersion tensor
(m?/s)

D, axial component of turbulent dispersion tensor
(m?/s)

E term defined in Eq(8)

f friction factor

f1.f2,f. damping functions used in low Reynolds number
k—e model, terms defined in Eq&)—(7), respec-
tively

k turbulent kinetic energy per unit mas§§(2)
(m?/s?)

kn reaction rate constant

K constant is defined in E¢14)

L length of the pipe (m)

n reaction order

p mean pressure (N

r radial distance (m)

Ra homogeneous rate of reaction of species A

Re Reynolds number (d/v)

Rt turbulent Reynolds numbek?/ ve)

Sc Schmidt numbery/ D)

Sct turbulent Schmidt numbery/ Dy)

t time (s)

u* dimensionless velocityv{ / U)

u' friction velocity (v/7o/p) (M/s)

U cross-sectional average axial velocity (m/s)

v, time-averaged velocity (m/s)

y dimensionless radial distanced)

y* dimensionless wall distanceu* /v)

Z axial distance along the pipe (m)

z dimensionless axial distancgd)

Greek letters

e turbulent energy dissipation rate per unit mass
(0%/a) (m?/s%)

m viscosity (Pas)

% molecular kinematic viscosityu(/ p) (m/s)

vt turbulent kinematic viscosity, defined in E@)
(m?/s)

0 density (kg/ni)

ok Prandtl number for turbulent kinetic energy

O Prandtl number for turbulent energy dissipation
rate

turbulent shear flows has been given by Patel gtlal Hrenya

et al.[2] and Thakre and Jos[8,4]. Near wall turbulence mod-

els or low Reynolds number models, which attempt to describe
the relative influence of molecular and turbulent viscosities have
been developed for single-phase flows. Thakre and J@jdtéave
analyzed 12 different low Reynolds numliet models for the
case of a single-phase pipe-flow. For this purpose, they have
used four criteria; accurate prediction of the radial variation of
axial velocity (compared with experimental data of Durst et al.
[5]), the turbulent kinetic energy and the eddy diffusivity and
the overall energy balance, i.e., the volume integralmoiist be
equal to the energy-input rate (the pressure drop multiplied by
volumetric flow rate). Such a stringent criterion was found to be
satisfied by Lai and Si&] model (LSO) as shown by Thakre and
Joshi[7]. Ekambara and Jos[B8] have successfully used low
Reynolds number Lai and §6] model to predict flow pattern
(mean velocity and eddy diffusivity) and used the flow pattern
for the prediction of axial mixing in turbulent pipe flows. They
have shown excellent agreement between the CFD predictions
and the experimental data over a wide range of Reynolds number
and Schmidt number.

The objective of this study is to present an analysis of tubular
non-catalytic reactors in turbulent flow regimes and to establish
the effect of arbitrary reaction orders and various reaction rate
constants. Since exact analytical solutions of this problem are
impossible to obtain. An attempt has been made in the present
work to employ CFD. Effects of various parameters such as, pipe
diameter and length, reaction order, reaction constant, Reynolds
number, Schmidt number have been investigated. This treatment
is directed towards an understanding of the physical structure
of the solution by the development of pertinent concentration
profiles.

2. Previous work

Bosworth[9] investigated changes in the distribution of res-
idence times due to molecular diffusion. For Poiseuille flows,
he has shown the conditions under which either the axial or the
radial diffusion could be neglected in evaluating the reaction rate
data. The work was extended by Denbj|@B] for second-order
reactions. He neglected all the diffusional effects and derived
expressions for the conversion of reactants. One of the more
comprehensive analyses of first-order reactions in viscous flow
was reported by Cleland and Wilhelf1] in their study of
the hydrolysis of acetic anhydride. They used the finite differ-
ence numerical technique to examine the effect of the reaction
rate constant on point and average concentrations. The results
of Bosworth’s investigation were also confirmed by them. Kro-
ngelb and Strandberd 2] used numerical methods similar to
those of Cleland and WilhelrfiL1] to investigate the specific
example of second-order homogeneous reaction of the recombi-
nation of atomic oxygen. Lauwerigk3] presented an analytical
solution of the same problem, but the result is so complex that
it is difficult to use for any practical applications. Wissler and
Schechtefl4] extended Lauwerierfd 3] analysis to include the
case of consecutive irreversible first-order reactions. Vignes and
Trambouz€15] conducted a detailed study of the saponifica-
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tion of ethyl acetate in laminar flow reactors, incorporating the R7\ 2

analysis of both the first- and second-order reactions. Analytif2 =1 — 9 exp|— <64> (6)
cal solutions were shown for the two asymptotic cases of plug

flow and negligible diffusion, with the intermediate conditions fu =1— exp(-0.015yT) @)

solved by a numerical analysis technique. HiE6] solved the
identical problem by a quasi-analytical method using the sepa- )
ration of variables technique. His method reduced the numerical e [ dvk Rt
work required in the solution of a partial differential equation © = ZVCSZfZE (dr) T exp <_ (64) )
to that for an ordinary differential equation. Edwards and Sale-
tan[17] conducted an excellent study consisting of segregations 7 e dvk 2 1 20k \ 2
effects in pseudo-laminar flow reactors in which they analyzed x (9C52—2> % 8—ZV( ) -5 (6—)
the lack of conversion or a “slip” due to various reaction orders
and velocity profiles, as compared with the plug-flow perfor- 8)
mance.

All the above investigations have been reported for laminar
flows. However, for turbulent pipe flows along with reaction,  Allthe low Re models adopt a damping functigjnto account
hardly any information is available in the published literaturefor the direct effect of molecular viscosity on the shear stress near
possibly because of the complexity of the problem. Furthethe wall (viscous sub-layer and buffer zone). It may be noted
prediction of the concentration field in the tubular reactors conthat the wall functions used in connection with the standasd
stitutes one of the fundamental problems in the design of reactomodel {, = 1) are usually applied in a regiorf >30. Further,
Theoretical means of predicting the concentration field in suclin the low Reynolds number-s model, the functioif is intro-
processes are of value both from theoretical and practical pointduced primarily to incorporate the low Reynolds effect in the
of view. Therefore, it was thought desirable to undertake a sysdestruction term of. The important criterion for the function
tematic investigation. f2 is that, it should force the dissipation term in thequation
to vanish at the wall. At high Reynolds number flows, remote
from the wall, the functiorf; asymptotes to the value of one in
accordance with the high Reynolds number form of the model.
Thek—e model parameters ar€;, =0.09,C,1 =1.35,C2 = 1.8,
ok=1 ando,=1.3.

For steady, isothermal, incompressible, fully developed pipe Boundary conditions:

r

3. Model formulation

3.1. Modeling of turbulence in pipe flow

flow, the set of governing equations is given as below: . ok B
g ged g At the centre ﬁ:o; — =0 —8=0
ar or or
Momentum equation: 2 9)
ok _
) - y Atthewal, k=0; &= 21)((;/_) . =0
v p r

0= -—— =) -== 1
r or (r(v—i—vt) 8}") p 0z @)

. o 3.2. Model formulation for the dispersion
Transport equation for the turbulent kinetic energly (

19 o\ Bk 97\ 2 Consider the case of a fluid in fully developed turbulent flow
- (r <v + t> ) =1 <Z> —¢€ 2 containing a potentially reactive species and flowing through a
ror ok/ o or tube of finite length. An arbitrary-order chemical reaction starts

Transport equation for the turbulent energy dissipation eate (&S SO0N as the ﬂUid_ enters Fhe test §ecti9n. In the case of pipe
flow, the radial profile of axial velocity (different intensity of
_1a (r (U n ”t) 38) motion at different radial locations) results in axial mixing or
or

ror O¢ residence time distribution. The radial diffusion (both molecular

and eddy) plays an important role in the radial homogenization

—_ 2 2
_ Ce1 f1vee (802> _ 8—C52f2 iy 3) of solutes, particularly in the near-wall region. The combined
k or k effect of convection and diffusion can be written by the following
transient mass balance equation:
oc 194, __ 0 ,__ 10 ac
where — + ——(rcv)+ —(cvz)) = —— ( "(Dm+ D)
2 o  ror 0z ror or
v = Cpfy— 4) 3 3 1
& +— ((Dm + DZZ)C> + =R (10)
9z 0z P

R RT\?
fi=1+ {1 - 06 exp<—oe4>} exp (— (6:1) ) (5)  In one dimensional pipe flow, we can neglect the radial com-
1 ponent of mean velocity. Ekambara and Jdshihave shown
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that the contribution ob,, was negligible to the extent of axial energy k) the turbulent energy dissipation rat¢ &énd eddy dif-
mixing. Therefore, for the applicability df~ model, we can fusivity (D;). In the second step the flow and eddy diffusivity
assume thab, = D,, = D;. With these simplifications, E§10) information obtained from step one was used for solving Eg.

takes the following form: (13)to give concentration profiles. The radial profiles of veloc-
oc aEw) 19 9 9 9 1 ity an_d eddy d|fqu|V|_ty were assumed to be independent of axial
h =—— (rDefi— | + — eff— | + —RA location as the flow is fully developed.

ot 0z ror or 0z 0z 0

The set of equations was solved numerically, which consisted
of the following steps: (i) the generation of grid, (ii) the conver-
whereDeg is the combined effect of molecular and eddy diffu- sion of governing equations into algebraic equations, (iii) the
sion. It may be emphasized thatis not a function of and it  selection of discretization scheme, (iv) the formulation of dis-
can be taken out of derivative sign. However,is a function  cretized equations at every grid location and (v) the development
of r and the actual radial profile of has been found using low of a suitable iterative scheme for the use in obtaining the final
Reynolds numbek—s model which is described in the previ- solution.
ous section. The resulting profile of mean axial velocity bas The finite control volume technique proposed by Patankar
been substituted in E@11). [19] was used for the solution of differential equations. The

For an arbitrary-order homogeneous reaction we have UPWIND scheme was used for discretization. The set of alge-

- braic equations obtained after discretization was solved by
Ra = —knp'c (12)  TDMA. The grid generation is one of the important aspects

The reaction has been considered to be thermally neutral arfif the numerical simulation. The robustness of any numerical

the temperature is assumed to be uniform throughout the react&©de depends on the effectiveness and stability of the grid-

Substituting Eq(12) into Eq.(11) will give, after rearrang-  generation scheme employed for investigation. Ekambara and
ing, Joshi[8] have investigated the effect of grid size in radial and

o axial direction. They have observed no effect of grid size beyond
%Jr 9(cvz) — 18 <rDeﬁaC—> + 8 <Deﬁ&—> K" <U> 100x 1000, and therefore, the same number was selected in this
o 0z ror or 9z 9z a work. Further, they also investigated the effect of time step, and

(13) theyobserved no effect of time step below 0.2 s. In view of these
observed effects of grid size and time step, all the simulations
have been carried out by using the grid size of XQIDOO0 and

k" La the time step of 0.2 s. Residence time distribution curves were
K=—— (14)  obtained over a wide range of Reynolds numbers. These curves

U
. . . . were used for the estimation of axial dispersion parameter. The
The dispersion of the tracer is expressed by the transient mag\s/erage solute concentration is given by:

balance (Eq(13)). The effective diffusion coefficienfes, is

iven by: 1 /4 _
g Y C= —2/ 2mer dr. (29)
Deft = Dm + Dr (15) 7ac Jo

11)

where we defined a homogeneous reactor constant as

whereDy, is the molecular diffusion coefficient arg is the

e . . 5. Results and discussion
eddy diffusion coefficientD, andD; are estimated by

D — v (16) 5.1. Comparison of flow and axial mixing predictions with
™ Se experimental data
D=+ (17) i
Sci In order to test the accuracy of predictions as a result of flow

simulation, an extensive comparison was made with the exper-
imental data of Durst et g5]. This data set can be considered

as the most accurate set among those reported in the published
literature to the date. The comparison of the predicted mean
axial velocity as a result of simulatio®¢ =7442) using mod-

els of universal velocity profile, Flif20] and the present CFD

whereSc andSc; are the molecular and turbulent Schmidt num-
bers, respectively. The latter is assumed to bg189

Boundary conditions:

The solution to the diffusion—convection Ef3) must satisfy
the following boundary conditions:

c(r,z,0) = Co model is shown irfrig. 1 The universal mean axial velocity pro-
ac(0, z,1)  acla, z, 1) (18) file can be observed to have large deviations in the buffer and
P 0 forall zand:. bulk regions. The CFD model exhibited an excellent compari-
son with the experimental data of Durst et[&l] in the region
4. Method of solution 0.5<y* <100.

Unlike the measurements of flow quantities, such as the mean
The mathematical model was solved in two steps. In the firstelocity and Reynolds stresses, the accurate experimental data
step, equations of continuity and motion were solved for geton the concentration profiles are scarce. Further, there are very
ting the profiles of the mean axial velocity, the turbulent kineticfew cases where measurements are reported for a wide range of
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DIMENSIONLESS CONCENTRATION

- K= 10

K=0.1
Re = 25,000 \ | :
Sc=1.0 \ Y
Co=1 \ "\

0.1 T T — T T T — T T T

0.1 1 10
z*

Fig. 3. Effect of reaction orders on the longitudinal average concentration dis-

Fig. 1. Comparison of mean velocity profiles with experimental dlpE&per- tribution

imental data of Durst et al5], (1) universal velocity profile, (2) flinf20] and

3) CFD atRe =7442. . : '
@ ‘ (cross-sectional) concentration. The figure shows that the effect

of increasing reaction order results into a decrease in conver-
. . S 2 ) sion. Further, as the rate constant increases the effect of reaction
reS|dence_t|me dlstrlbuuon_(RTD) cu_rv&(: 3810,5c = 1) with orders on the axial concentration distribution becomes highly
the experimental data of Flint and Eisenklgi]. It can be seen pronounced.

that the predicted and experimental concentration profiles arein Fig. 4shows the effect of increasing the reaction rate constant
excellent agreement. Further, Ekambara and J8jkixtended on average and center-line concentrations as a function of the

th_e model to predict the residence time d'St”bL.JtlonS_ OVET ownstream aspect ratio. Increasing the reaction rate constants
wide range ofRe (2500-16), Sc (0.27-1.0) and pipe diame- obviously increases the rate of consumption of the reactant.
ter (0.0254-0.0508 m). For K=0.001, there exists some difference between the aver-
age and the center-line concentrations. The difference becomes
5.2. CFD simulation of homogeneous reactions highly noticeable for large values of the aspect ratio, but beyond
a certain aspect ratio, both the concentrations decrease at an
In view of the success of prediction of velocity profile and approximately identical rate. Most of the difference is due to
residence time distribution, the model has been extended to s@ge reactant in the immediate vicinity of the wall region. Here,
the effect of arbitrary reaction orders and various reaction ratgecause of substantial decrease in velocity and a corresponding
constants on the axial and radial concentration profiles. A typiincrease in residence time, a greater level of conversion can be
cal results are shown fig. 3in terms of axial profile of average achieved, resulting in alower average concentration. However, at
very high rate constant values even the concentration in the bulk

Schmidt numbet-ig. 2 depicts the comparison of the predicted

o of the fluid depletes at a rapid rate, so that after a certain down-
g
I -
7 5
= ]
6 - < ]
Q [
£ ]
g * n
9 Z.
S 4
=] ° * 8
o 014
3 @ ]
] ]
2 . '
2 * % 1 - Center-line concentration N
= ] Average concentration n
. . z 1 Re=25,000
s 1 Se=10
0 T T T T T T o n=1 ~
0.88 0.92 0.96 1 1.04 1.08 1.12 001 (nfll R R I
T 1 10 100 1000

Z*

Fig. 2. Comparison between the predicted concentration profile and the exper-
imental data. (—) CFD andi{) experimental data of Flint and Eisenklga1] Fig. 4. Effect of dimensionless rate constants on the longitudinal average and
atRe=3810,Sc=1. center-line concentration distributions.
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Fig. 5. Effect of Reynolds number on the longitudinal average concentration ) . ) ) .
distribution. Fig. 6. Radial concentration profiles for various reaction orders and two down-

stream aspect ratios.

stream distance subsequent contributions from the wall region
are of relatively negligible proportions. In other words, there Z
occurs a parallel shift downwards in the concentration profile. £

. < 4 Re=25.000 -
The effect of Reynolds number on the degree of conversiong ©# Sec 10

for representative reaction orders and rate constants is shown ii% n=1

Fig. 5. It can be seen that, an increase in the Reynolds numbers | - K=o

would cause a decrease in the axial gradients resulting in a lowe &

level of conversion as well as a decrease in the segregationa§

effects. Itis interesting to note that the spread due to increasinc:

Reynolds number is not affected to any noticeable degree wher2

the rate constant increases.
Changes in reaction order do cause a substantial change in thZ

spread due to increasing Reynolds number. As can be seen, th=

effect of changing the Reynolds number from 10,000 to 50,000 , 10 100 1000

is far more pronounced and significant in the average concen-

tration for a zero-order reaction than for a first-order reaction.

For a second-order reaction the effect can be seen to be td@. 7. Radial concentration for various dimensionless rate constants and tow

small to be considered. It was noticed, but not indicated in th@ownstream aspect ratios.

figure, that the difference between the average and center-line

concentrations was consistently greaterfer 10,000 than for ~ rate, however, is still substantial in the wall region, resulting in

Re =50,000. This can readily be accepted becauBea60,000  a general flattening profile at = 10.

amuch higher level of turbulence and a thinner wall regiontend  Fig. 7 shows the radial concentrations for various rate con-

to average the concentrations more uniformly. Also, radial grastants and two aspect ratios as a function of the dimensionless

dients are considerably less pronounced, further averaging tifistance from the wally*. As expected, an increase in the rate

concentrations. constant causes a decrease in the concentration profiles. The rate
Radial concentration profiles for various reaction orders apf decrease in concentration increases sharply with an increase

two downstream aspect ratios are showRim 6. The distance in the rate constark since the decrease is considerably more as

from the wall considered in terms of the dimensionless distanc& increases from 0.1 to 1 than from 0.01 to 0.1.

y* permits a detailed analysis of the region adjacent to the wall. It

is in this region that most of the changes occur. A studyigf6 6. Conclusions

shows that substantial changes occur in the regian0< 20,

where a very sharp decrease in point concentrations begins far The low Reynolds numbérs model of Lai and S¢6] has

7" =1. There is a greater decrease of point concentrations over been used to predict the liquid velocities and the turbulent

the entire range of* for the zero-order reaction, followed by viscosity. The comparison between the predictions and the

the first-order and then the second-order reactions. Note that at experimental profiles aof,, k andD; was found to be excel-

lower aspect ratios the shape of the concentration distributions is lent. The model also establishes good energy balance.

identical to the shape of the turbulent momentum profile curve2. A CFD model has been developed to analyze turbulent reac-

At higher aspect ratios the rate of reaction decreases sharply tive flows in tubular non-catalytic reactors for arbitrary reac-

in the wall region of the low concentrations existing there. The tion orders and rate constants.

0.4
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